A process scheme based on a series of fixed-bed reactors is presented as a possible alternative for carrying out the chemical looping combustion of methane at high pressure with ilmenite as oxygen carrier. The oxygen carrier is stationary and it is alternately exposed to reducing and oxidizing atmospheres by means of the periodic switching of the gas feeds (i.e., methane and air, respectively). Cyclones and filters for the separation of gases and solids are not needed in fixed-beds, which allows a more compact reactor design. Moreover, the operation at high pressure permits the use of highly efficient power cycles. However, more complex heat management strategies and switching valves able to function at very high temperatures are required in these systems. The continuous cyclic operation of a packed-bed chemical looping combustion process is described using a basic reactor model. A sequence of four stages: reduction, steam reforming, oxidation and heat removal ensures the production of a continuous high temperature and high pressure gas stream able to efficiently drive a gas turbine for power generation in combination with a steam cycle. At the same time, a concentrated stream of CO 2 suitable for transport and storage is also produced. The use of suitable recycles of the product gases makes it possible to control the progression of the reaction and the heat exchange fronts, which improves the heat management of the CLC process.
Introduction
The potential increase in world energy demand over the next few decades and the alarming signs of global warming make it necessary to drastically reduce greenhouse gas emissions from anthropogenic sources [1] . Of the different strategies directed at mitigating CO 2 emissions developed in recent years, Carbon Capture and Storage (CCS) is considered as a valid mid-term solution [2] . CO 2 capture is nowadays the most energy-intensive step in CCS, and as a result, there is growing interest in the development of new CO 2 capture technologies, especially in large-scale power production in order to address the problem of energy penalties and the cost of existing equipment [3] .
Of the different technologies proposed in the literature, Chemical Looping Combustion (CLC) represents one of the most promising alternatives for achieving a very high CO 2 capture efficiency with reduced energy penalties [4] . This concept consists in the transfer of oxygen from air to the fuel by using a solid oxygen carrier (typically a metal oxide) and so avoiding any direct contact between the fuel and air. The dilution of the combustion products with nitrogen is avoided and the resulting gas is highly concentrated in CO 2 . CLC was firstly conceived in the 1950s [5] , but it was not until the 1990s when it was proposed as a CO 2 capture system [6] . Most of the CLC configurations proposed consist of interconnected fluidized-bed reactors, where the oxygen carrier is reduced in the fuel reactor and rapidly transported to the air reactor to be regenerated [7] [8] [9] [10] [11] [12] [13] [14] . The small size of the particles used in fluidized beds ensures that there is good contact between the gas and solids, as a result of which the kinetics of the reactions involved in the process are considerably enhanced. Furthermore, rapid mixing of the solids ensures an adequate control of the temperature, which is of fundamental importance in the energy-intense reactions characteristic of CLC processes. The application of the CLC concept in fluidized-beds has been widely studied in recent years in several experimental units at different pilot scales [13] [14] [15] [16] [17] [18] [19] [20] . However, the use of interconnected fluidized-beds in CLC has several drawbacks. Operation at high pressure is required to enable a CLC system to be integrated in a combined cycle to increase the energy efficiency [21] . Several works have been published in recent years about CLC performed in fluidized-beds at high pressure [22] [23] [24] , but this concept still faces critical challenges, such as the difficulty in maintaining a stable circulation of solids between the pressurized reactors, in order to demonstrate its feasibility on a large scale.
Moreover, a high-temperature and high-pressure solids filtering system is required to eliminate the fines resulting from particle attrition, since the presence of particles in the exiting gas from the CLC unit could have a negative effect on the performance of the downstream gas turbine [4] .
An alternative for CLC applications at high pressure is the use of configurations based on dynamically operated fixed-bed reactors, where the oxygen carrier remains stationary and the gas feed (fuel gas and air, respectively) is periodically alternated in order to perform the reduction and oxidation stages. As can be seen from Fig. 1 , the use of at least two reactors operating in parallel ensures: (1) the production of a continuous high-temperature and high-pressure stream of gas, that is able to drive a gas turbine for power generation, and (2) a concentrated stream of CO 2 suitable for transport and subsequent geological storage. In fixed-bed systems, attrition in the oxygen carriers can be expected to be negligible, and therefore, cyclones and filters downstream are not required. Moreover, the oxygen carrier can be better utilized, because operating in fixed-beds allows a larger degree of conversion between the reduced and oxidized forms. In contrast, heat management strategies for controlling the changes in temperature as the reaction fronts advance through the bed and switching valves able to function with gases at high temperature are required in fixed-bed systems. Although there is a wide experience in industry with pressure and temperature swing adsorption systems, there are very few works that deal with the feasibility of CLC in fixed-bed configurations [25] [26] [27] [28] . Early works on chemical looping processes carried out in fixedbeds [25] showed that the oxidation and reduction reactions involved can proceed very fast in narrow reaction fronts. During chemical looping combustion, both reaction and heat exchange fronts are formed and move forward at different velocities depending mainly on the concentration and molecular weights of the reactants and on the stoichiometry of the reactions [26] , which is a similar phenomenon to the catalytic oxidation of a fuel gas when it is carried out at different operating temperatures [29] .
Several heat management strategies have been proposed in the literature in relation with CLC for controlling the increase in temperature in the reaction fronts, while the product gas is discharged at nearly constant temperature and mass flow rate to protect the gas turbine from thermal and mechanical stress, and also to ensure that the temperature profiles of the solids are sufficiently high to allow fast reaction rates and total gas and solids conversion from the very beginning of the operation. One option is to use an oxygen carrier with a sufficiently low content of active phase that allows the oxidation stage to be accomplished without exceeding the maximum allowable temperature (i. e. up to 1200 ºC depending on the oxygen carrier in order to avoid solids deactivation). Under these circumstances, the reaction front proceeds very quickly along the reactor, leaving behind the solid/gas heat exchange front. A large amount of inert material makes it possible to separate the advance of the reaction and heat exchange fronts so that there will be a larger mass of solids between them able to absorb the heat released from the oxidation reaction. When oxygen carriers with a high carrying capacity and a high oxidation enthalpy, such as Ni or Cu, are used, very low metal loadings (lower than 20 wt.%) are required to limit the increase in temperature during the operation, which means that larger high-pressure reactors are required for a given flow of fuel gas fed into the system. This option has been studied assuming methane [26-28, 30, 31] and syngas [32] [33] [34] to be the fuel gas. Another alternative is to control the increase in temperature during the oxidation stage by recycling a large amount of the cooled N 2 product gas in order to dilute the O 2 fed into the air reactor [35, 36] . In these conditions, the reaction front advances at a slower velocity than the heat exchange front, which allows the oxidation stage to be carried out with a higher amount of active oxygen carrier content without exceeding the maximum allowable temperature in the reaction front. This alternative permits a more compact reactor design at the expense of a higher energy requirement and equipment cost due to the recirculation of part of the product gas to the air reactor inlet. Despite these advantages, Ni-based materials are expensive oxygen carriers (see Fig. 2 ), they have a low resistance to carbon deposition and emissions of their trace compounds must at all costs be avoided because of their potential risks to human health and the environment. With regards to Cu-based materials, they have a relatively low melting point (1085ºC) and therefore cannot be used at the highest temperature range for CLC (1100-1200 ºC) in order to prevent their deactivation through agglomeration [39, 40] . The main advantage of using natural materials as oxygen carriers is their lower cost in comparison to synthetic materials, though at the expense of a lower oxygen transport capacity (see Fig. 2 ). Several studies have been published on the suitability of using these materials (iron ore, ilmenite, manganese ore, etc) in CLC applications [43] [44] [45] [46] [47] [48] .
Manganese ore is reasonably cheap and has a relatively high reactivity with methane and syngas, but after repeated redox cycles it shows poor mechanical stability [47] . Ironbased materials are most stable at high temperatures but their oxygen carrying capacity is very limited and their reactivity with methane is moderate [47, 48] . In general, oxygen carriers with a low oxygen transport capacity require a large amount of active phase in fixed-bed CLC configurations in order to reach a sufficiently high temperature in the oxidation front that allows the generation of power at a high efficiency [26] . However, active contents greater than 60 wt.% can cause a drastic reduction in mechanical stability after multiple redox cycles [4] . Moreover, the extremely low carrying capacity of many iron-based materials makes the CLC operation unfeasible in a single oxidation stage [33] . Therefore, the use of low-cost carriers in fixed-bed CLC systems requires a substantial effort to find appropriate heat management strategies for this technology to be feasible on a large scale. Ilmenite is a common mineral found in metamorphic and igneous rocks that is mainly composed of iron and titanium oxides. A previous calcination [45] and the addition of a small amount of Ni (lower than 5
wt.%) [51, 52] to the ilmenite have been proposed in the literature as a way to improve its reactivity with methane in order to achieve combustion efficiencies close to 100%.
This study proposes a fixed-bed process scheme as a valid alternative to carry out the chemical looping combustion of methane using ilmenite as oxygen carrier. We outline a heat management strategy in which the gradients of temperature at the different reaction stages are controlled by suitable gas recycles. Moreover, a steam reforming stage is incorporated to the system as a source of syngas that promotes the reduction kinetics of ilmenite and enhances the combustion efficiency of the overall process. The process design proposed envisages a compact system with a minimum number of reactors able to carry out the entire synchronized operation.
Reactor design and process description
The process proposed in this work requires a system of fixed-bed reactors dynamically operated in order to produce a continuous gas stream at a sufficiently high temperature and pressure to efficiently drive a gas turbine for power generation. Only two reaction stages are not sufficient to complete this novel CLC configuration because the conditions at the end of one stage (especially in terms of temperature profiles) do not satisfactorily meet the requirements to carry out the next stage. Additional stages are needed between the oxidation and reduction steps in order to accommodate the temperature of the solids and gases present in the process, to carry out the reactions involved and fulfill the energy requirements of the process.
A basic reactor model is adopted to represent the performance of the fixed-beds in each stage of the process. Reaction rates are assumed to be sufficiently fast to take place in narrow reaction fronts that move forward as the oxygen carrier is converted. Moreover, an ideal plug flow pattern and negligible axial gas dispersion are assumed to approximately represent the cyclic operation of the CLC system. These assumptions, that are typical of many fixed-bed catalytic systems [53] [54] [55] , have also been adopted in recent works to describe the performance of dynamically operated fixed-bed systems in CLC [26, 27, 36, 56] and sorption enhanced reforming applications [35, [56] [57] [58] . Heat exchange fronts are also formed when the process is not thermally neutral and/or when the temperatures of the gases and solids in contact are different. Both the reaction fronts and heat exchange fronts advance during the operation at different velocities (u r and u e , respectively), that can be estimated by solving the heat balances in each front. The variation of temperature in the reaction front (ΔT max ) can be calculated assuming that heat (released or consumed depending on whether the reaction is exothermic or endothermic, respectively) is taken by or from the solids when the gas reacts with them [26] . The reactor model equations considered in this work are listed in Table 1 . Table 1 . Equations used in the model [26] .
Fig . 3 shows the fixed-bed CLC process proposed in this work. Assuming an intense heat transfer between the gases and solids, the temperature of the gases and solids will
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Maximum temperature: T max =T s0 +ΔT max be similar at any point of the beds, and therefore, the dynamic behavior of each stage of the process can be represented by using a single axial temperature profile. A base case with a reference inlet flow of 10 kg/s of methane (stream 1 in Fig. 3 A maximum temperature of 1200 ºC is assumed in order to maintain the chemical and mechanical stability of the carrier after multiple redox cycles [43] [44] [45] . An operating pressure of about 20 bar has been selected in order to achieve the highest energy efficiency in the downstream gas turbine [21] . Table 2 summarizes the input operating   conditions chosen for the case study and Table 3 indicates the temperature, flow rate and composition of the gas streams obtained by solving the mass and heat balances at each stage of the CLC process. 
84 100 100 100 100 100
Reduction stage
At the beginning of the reduction stage (stage A in Fig. 3 ), it is assumed that the active phase of the ilmenite-based oxygen carrier is completely oxidized (Fe 2 TiO 5 ) and that the bed is divided into two parts at different temperatures, as a result of the preceding stage explained below. A part of the packed bed is at 1200 ºC (T s1 in Fig. 3 ), while the rest of the solids are at 370 ºC (T s1 in Fig. 3) . A stream of syngas (stream 2 in Fig. 3 into contact with oxidized solids, it rapidly reacts to form a narrow reduction front (r) that will move forward at a velocity (u r ) (indicated in Fig.3 as the transition between the white and grey zones). For the syngas composition of this reference case the reduction of the ilmenite is slightly endothermic, and therefore, a small drop in temperature (ΔT red in Fig. 3 ) is produced at the reduction front (see Table 1 ). As the stage starts with the solids bed being at two different temperatures (T s1 and T s2 ) and the syngas is also fed in at another temperature (T gin,1 ), two heat exchange fronts (e 1 ) and (e 2 ) are formed, and they move forward at velocities (u e1 ) and (u e2 ), respectively. Under the conditions chosen for the reduction stage (A), the reduction front moves forward faster than the heat exchange fronts (u r /u e >1), and consequently, a heat plateau (at T 1 ) forms in the bed.
In this situation, the syngas arrives at the reaction front already preheated by the reduced solids, which in turn have been cooled down from T s1 to T 1 because of the heat consumed in the endothermic reduction of the ilmenite with the syngas. Downstream of the reduction front (r), the intense heat transfer between gases and solids causes the product gas to be emitted at the initial temperature of the solids located near the reactor exit (T s2 =370 ºC). In the conditions listed in Table 2 , a product gas (stream 5 in Fig. 3) of around 2.5 kmol/s is emitted during stage (A), which is composed of 75 vol.% of H 2 O and 25 vol.% of CO 2 .
The recirculation of a part of the product gas (stream 6 in Fig. 3 ) will increase the flow rate into the reduction stage (stream 3 in Fig. 3 ), which will accelerate the advance of the heat exchange fronts (e 1 and e 2 ) along the bed (bringing u r /u e closer to 1). Moreover, the presence of a large amount of steam and CO 2 in the feed will prevent carbon deposition and the over-reduction of Fe 2 TiO 5 to pure Fe will be kept to a minimum during stage (A) [32] .The recirculation of gas can be designed in a manner such that both the reaction front (r) and the heat exchange front (e 2 ) reach the reactor exit at the same time. This will allow the reduction stage (A) to be initiated with only a portion of the bed at 1200 ºC (T s1 in Fig. 3) , and therefore, a higher amount of the heat generated in the subsequent oxidation stage (C) can be usedfor power generation (as explained below). However, the shorter distance between the advance of the reaction front (r) and the heat exchange front (e 1 ) will cause a higher drop in temperature in the reduction front (ΔT red ), because there will be fewer solids at 1200 ºC (T s1 in Fig. 3 ) to supply the necessary heat for the endothermic reduction of the ilmenite (see Fig. 3 ). Furthermore, a reasonable recirculation ratio must be chosen in order to avoid the excessive dilution of the syngas that would lead to a dramatic decrease in the reduction rate. H 2 and/or CO contents lower than 30 vol.% in the feed will significantly reduce ilmenite reactivity [50] , and therefore the assumption of narrow reduction fronts during stage (A) would be erroneous. Fig. 4 shows the effect of the recirculation ratio on these variables for the conditions chosen in this case study. As can be seen in Fig. 4 , the recirculation of around 40 % of the product gas to the reactor inlet (recirculation ratio of around 0.4) causes the reaction front (r) to advance only 1.7 times faster than the heat exchange front (e 2 ), predicted by the equations listed in Table 1 . It will therefore be possible to completely reduce the solids bed by initiating the reduction stage with around 40% of the bed at 1200ºC (T s1 ) and the remaining 60%
of the bed at 370 ºC (T s2 ). Under these conditions, the decrease in temperature in the reduction front will be around 13 ºC, and therefore the reduced solids will be left behind the reaction front at 1187 ºC (T 1 in Fig. 3 ). At this recirculation ratio, the inlet flow rate (stream 3 in Fig. 3 ) will increase to 4 kmol/s, with a composition of 43 vol.% of H 2 and 14 vol.% of CO. Once the solids bed has been completely reduced (t=t end in Fig. 3 ), the part of the bed that has been traversed by all the fronts will be left at the temperature of the inlet gas (370 ºC). This section of the bed is around 60 wt.% for the conditions of the reference case and a recirculation ratio of 0.4. The rest of the bed (around 40 wt.%) will remain at 1187 ºC (T 1 in Fig. 2 ).
Reforming stage
Since the oxidation of ilmenite with air is moderately exothermic, the fact that much of the bed is initially at a very high temperature (1187 ºC) may cause the temperature to rise above the maximum allowable value during the oxidation stage, which would have a negative effect on the properties of the oxygen carrier [32] . We therefore propose for this study the addition of a steam reforming stage (B), which would allow the solids bed to cool down to a suitable temperature before the next oxidation stage (C) begins. The excess of sensible heat stored in the solids after the reduction step is used to convert the inlet flow of methane and steam (stream 1 in Fig. 3 ) fed into the system into a product gas (stream 2) that contains a large amount of H 2 and CO. This stream (2) can then be used as reducing gas in stage (A), which will enhance the kinetics of the reduction of Fig. 3 ). Under these conditions, the steam methane reforming reaction (SMR) will be favoured [59] , and therefore, a narrow reaction front will be formed.
Since the reforming reaction is highly endothermic, the solids at the highest temperature will supply the heat needed to maintain the advance of the reaction front (r) through the bed, causing a dramatic drop in temperature (ΔT ref in Fig. 3 ). As the reaction front moves forward, the solids will be left behind at the temperature of the incoming gas, 550 ºC (T gin2 in Fig. 3 ). At this temperature, the kinetics of steam methane reforming will be too slow [59] [61], and therefore, the conversion of methane to syngas behind the reaction front (r) will be negligible. The composition of the syngas (stream 2) will be determined by the SMR equilibrium at the temperature of the reaction front (1187 ºC) and it will strongly depend on the steamto-carbon (S/C) molar ratio fed into stage (B). As shown in Fig. 5 , the S/C molar ratio fed into stage (B) must be around 1 in order to promote the conversion of methane to H 2 (which will accelerate the reduction kinetics of the ilmenite in stage (A) and minimize the consumption of steam in the process. Under the conditions selected for stage (B), the reaction front (r) will advance much faster than the heat exchange front (e), labelled in Fig. 3 as the transition T 1 /T gin1. As a result, the reaction front will catch up with the heat exchange front before it reaches the reactor exit. The syngas produced during stage (B) therefore can be assumed to be discharged at a constant temperature of 370 ºC (T gin1 in Fig. 3 ). At the end of stage (B), the entire bed will have cooled down to 550 ºC, which is still a sufficiently high temperature to start a rapid oxidation of the ilmenitebased carrier in the following stage (C) [50] .
Oxidation and heat removal stages
Once stage (B) has finished, the subsequent oxidation stage (C) is initiated by feeding in air (stream 7 in Fig. 3 ), which is supplied by the compressor of the turbine at 20 bar and 370 ºC (T gin1 in Fig. 3) . A flow rate of about 5.9 kmol/s of air (stream 7) is assumed to be sufficient for the complete oxidation of the solids bed in a similar cycle time as that needed for the reaction stages (A) and (B) with only a moderate pressure drop. Given the operating conditions listed in Table 2 , the reaction front (r) will advance much faster than the heat exchange front (e) and the solids located between both fronts will absorb the heat released in the reaction front, resulting in an increase in their temperature.
Under these conditions, the air stream will arrive at the reaction front already preheated by the oxidized solids up to the maximum temperature reached in the reaction front (T max in Fig. 3 ). This temperature will allow the solids and oxygen to achieve a complete conversion in a narrow reaction front, and consequently, the product gas will contain pure nitrogen (stream 9 in Fig. 3) . Meanwhile, the solids that have already been oxidized are left behind at the inlet gas temperature (370 ºC). As happened in the previous reaction stages, the fast solid/gas heat transfer will allow the nitrogen produced in stage (C) to be discharged at the temperature of the solids situated closest to the reactor exit (T gin2 =550 ºC).
As explained above, ilmenite is an oxygen carrier with a moderate carrying capacity and its oxidation enthalpy is lower than that of other common carriers used in CLC applications, such as Ni or Cu. For the reference case of this work (35 wt.% of active phase in the oxygen carrier), the increase in temperature in the oxidation front (ΔT ox in Fig. 3 ) will be around 600 ºC (see Table 1 ). Since the temperature of the solids ahead of the reaction front (T gin2 in Fig. 3 ) is 550 ºC, the maximum temperature achieved during the oxidation stage (T max ) will be around 1150 ºC (see Table 1 ), which is lower than the maximum limit (1200 ºC) that can be reached without the performance of the ilmenitebased material being affected. As a result, the flue gas generated in the subsequent heat removal stage (D) will be sent to the gas turbine at 1150 ºC (well below the nominal inlet temperature of modern combined cycles), and therefore, the efficiency of the CLC process will diminish. As can be seen in Fig. 6 , the ratio between the reaction and heat exchange front (u r /u e ) mainly depends on the contents of ilmenite and O 2 in the solids bed and in the gas feed, respectively. The dilution of the O 2 fed into stage (C) will allow the reaction and heat exchange fronts to approach each other (u r /u e closer to 1).
Consequently, there will be a smaller mass of solids located between them to absorb the heat released from the oxidation reaction, which will cause the temperature in the reaction front to increase. A suitable gas recycle (stream 11 in Fig. 3 ) in the oxidation stage (C) will permit the desired temperature increase in the oxidation front even in fixed-bed CLC systems that use oxygen carriers with a low carrying capacity and/or low oxidation enthalpy (such as many manganese and iron-based oxygen carriers). The effect of the recirculation ratio on the increase of temperature in the oxidation front (see Table 1 ) and on the dilution of O 2 in the feed is illustrated in Fig. 7 . For the reference case of this study, a recirculation ratio of around 0.3 will increase the inlet flow rate (stream 8 in Fig. 3 ) up to 7.8 kmol/s, with an O 2 content of around 16 vol.%, which means that the reaction front (r) will advance approximately 4 times faster than the heat exchange front (e). In these conditions, the maximum increase in temperature in the oxidation front will be around 650 ºC, and therefore, the resulting maximum temperature reached during the oxidation stage will be 1200 ºC. The approach of the reaction and heat exchange fronts during the operation will decrease the amount of bed that is left at the maximum temperature once the oxidation has finished (t=t end in Fig. 3 ).
For a recirculation ratio of about 0.3, the part of the bed that is left at 1200 ºC will be around 76 wt.%. The rest of the bed (around 24 wt.%) will remain at 370 ºC (T gin1 in Fig. 3 ).
Once the oxidation stage (C) has finished, the heat stored in the solids bed will be removed in a subsequent heat removal stage (D) by a gas flow (stream 12 in Fig. 3 ), which will be released at 1200 ºC and later expanded in a combined cycle for power generation. The inlet gas will be supplied to stage (D) at 20 bar and 370 ºC. For this purpose, air from the compressor of the turbine can be used. Another option would be to recirculate and re-compress a large fraction of the exhaust gas (N 2 ) from the HRSG of the combined cycle, which is a similar operation to the partial recirculation of the flue gas that is employed in NGCC to increase the concentration of CO 2 in the exit gas before it enters postcombustion capture systems [60] . During stage (D), the solids bed will gradually cool down from 1200 ºC (T max ) to 370 ºC (T gin1 ) as the heat exchange front (e) moves forward. However, not all the heat stored in the bed can be blown out of the reactor for power generation. As explained above, a sufficient amount of bed needs
to be left at a very high temperature (T s1 in Fig. 3 
Process design
The CLC process proposed in this work needs to ensure the production of a continuous stream of nitrogen at high temperature and high pressure for its expansion in a combined cycle. This stream must be generated at a nearly constant temperature and mass flow rate in order to protect the gas turbine expander from thermal and mechanical stress [32] . The number of reactors required for the complete process (following the sequence of four stages explained above) must be kept to a minimum in order to minimize the equipment cost. However, a larger number of reactors may be needed, since the gas flow rates calculated for every stage must be accommodated at reasonable gas velocities in order to avoid excessive pressure drops. Taking into account the operating conditions listed in Table 2 and the inlet flow rates calculated for each stage (see Table 3 ), a total of five reactors operating in synchronized mode will be required, i. from industrial experience only five times the total reactor volume of inert gas will be required for a complete rinse [61] . The operational diagram of the proposed CLC system is represented in Fig. 8 , which is similar to other configurations used in sorption enhanced reforming (SER) and other CLC applications [61] [62] [63] [64] .
Reactor Number The overall flow diagram of the proposed CLC configuration (see Fig. 9 ) comprises elements that are common to conventional natural gas combined cycles (NGCC), such as an air compressor (101), a gas turbine (107), a heat recovery steam generator (HRSG, 108 in Fig. 9 ) and a compressor (109) for the recirculation (to the oxidation and heat removal stages) of the N 2 discharged downstream of the HRSG. A topping cycle can also be introduced in order to maximize the efficiency of the gas turbine. A small flow of methane and pressurized air can be burned to increase the temperature of the gas sent to the combined cycle up to the optimum value (1400-1450 ºC), at the expense of a slightly lower CO 2 capture efficiency [65] . Moreover, additional elements are introduced to ensure optimal performance in each stage of the CLC process. Blowers (46) and (42) are open in order to allow the syngas produced in (B) to be fed into the reactor that is operating as stage (A). Subsequently, valves (31), (26) and (21) are also open to regulate the fraction of the CO 2 and H 2 O produced in stage (A) that is destined for transport and storage and the fraction that is recirculated into the process. Finally, valves (47) and (48) are open so that the outlet N 2 (that is being discharged from stage (D) at 1200 ºC) can be sent to the combined cycle while part of the exhaust N2 is being recirculated to the system via the compressor (109).
The reactor geometry and the duration of a single stage are also defined for the operating conditions listed in Table 2 . As mentioned above, the cross-sectional area and the minimum time for accomplishing each single stage must be able to accommodate the inlet gas flows at reasonable gas velocities in order to avoid excessive pressure drops. The effect of the cycle duration on the geometry of the reactor and pressure drop has been studied assuming a maximum inlet flow per stage of 7.8 kmol/s (i.e., the inlet flow calculated for stage C), a pellet size of 0.005 m, a void fraction of 50% and a bed density of 1950 kg/m 3 when the ilmenite-based carrier is completely oxidized. As can be seen in Fig. 10 , shorter cycle durations makes it possible to convert the same amount of gas fed into the system using smaller cross-sectional areas. Larger reactor lengths combined with smaller diameters (i. e. higher L/D ratios) also reduce the total area required. However, these conditions will cause higher pressure drops, resulting in an increase in the energy needed to recompress the gas streams involved in the process.
For the operating conditions and reactor characteristics assumed in the reference case, a minimum duration of about 10 minutes can be considered as a reasonable time for each single stage of the CLC process. Assuming a minimum L/D ratio of about 1.5 and a maximum pressure drop of about 6% in each stage, the full process scheme to convert 10 kg/s of methane fed into the system will require 5 reactors, 10 m long with an inner diameter of 6.7 m (with a total area of around 175 m 2 ).
Conclusions
A fixed-bed process scheme for carrying out the chemical looping combustion of methane using ilmenite as oxygen carrier has been described assuming a set of reasonable operating conditions. The possibility of producing a gas stream at high pressure and at high temperature makes this technology feasible and easy to integrate into a highly efficient natural gas combined cycle. CLC based on fixed-bed reactors are shown to be a competitive mid-term alternative to pressurized fluidized beds, which are handicapped by problems in relation with the circulation of solids at high pressures.
However, fixed-bed systems require more complex heat management strategies and high-temperature switching valves that represent a formidable challenge from a technical point of view. A basic reactor model has shown that with reasonable flue gas recycles it is possible to control the advance of reaction and heat exchange fronts, which enhances considerably the heat management of the CLC process. The partial recirculation of the CO 2 and H 2 O produced in the reduction stage brings the advance of the fronts closer, which means that the operation can be initiated with a smaller fraction of solids at high temperature. Consequently, a higher proportion of the heat generated during the oxidation stage can be used for power generation in the gas turbine. By means of the same procedure, the recirculation of the nitrogen produced in the oxidation stage under suitable conditions allows the required increase in temperature in the oxidation front to be reached. The dilution of the inlet O 2 makes the heat exchange front move faster and therefore closer to the reaction front. As a result, there will be fewer solids between both fronts that can absorb the heat released from the oxidation reaction, which will facilitate the increase in temperature in the oxidation front to 1200 ºC, and therefore result in a more efficient generation of power. Moreover, a steam methane reforming stage is incorporated to the system as a source of syngas that will promote the reduction kinetics of the ilmenite, enhancing the combustion efficiency of the process.
A preliminary design of this configuration for an inlet flow of 10 kg/s of methane shows that a minimum of five reactors (10 m long with an inner diameter of 6.7 m) operating in cycles of 10 minutes are required for the successful completion of the process. The results of this study demonstrate the potential of this novel technology for power generation with CO 2 capture, although a substantial effort to experimentally validate the performance of the reactors is required for its development at a large scale. A detailed heat integration of this configuration lies outside the scope of this work, but the absence of process stages with a large energy penalty (apart from the purification and compression of CO 2 as in other capture technologies) is an indication of the high energy efficiency that can be expected of this novel system.
